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The structure of individual reverse osmosis modules, the configuration of the module
network, and the operating conditions were optimized for seawater and brackish water
desalination. The system model included simple mathematical equations to predict the
performance of the reverse osmosis modules. The optimization problem was formulated
as a constrained multivariable nonlinear optimization. The objective function was the
annual profit for the system, consisting of the profit obtained from the permeate, capital
cost for the process units, and operating costs associated with energy consumption and
maintenance. Optimization of several dual-stage reverse osmosis systems were investi-
gated and compared. It was found that optimal network designs are the ones that pro-
duce the most permeate. It may be possible to achieve economic improvements by
refining current membrane module designs and their operating pressures.

Introduction

Reverse osmosis (RO) membrane systems are often used
for seawater and brackish water desalination. The systems are
typically installed as a network of modules that must be de-
signed to meet the technical, environmental, and economic
requirements of the separation process (Edlinger and Gomila,
1996; Henriquez et al., 1991; Noshita, 1994). The complete
optimization of an RO network includes the optimal design
of both the individual module structure and the network con-
figuration. For a given application, the choice and design of a
particular module geometry (that is, plate and frame, tubular,
spiral wound, or hollow-fiber modules) depends on a number
of factors, including ease and cost of module manufacture,
energy efficiency, fouling tendency, required recovery, and
capital cost of auxiliary equipment. With suitable transport
equations to predict the physical performance of the mem-
brane module, it should be possible to obtain an optimal
module structure for any given application. Bhattacharyya et
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al. (1992) gave a concise summary of the models for transport
across RO membranes for various module types.

While the performance of individual RO modules in terms
of operating conditions and module structure has been exten-
sively studied (Sirkar and Rao, 1981; Sirkar et al., 1982; Wi-
ley et al., 1985), the optimal design of RO networks has been
less explored. For a fixed industrial module structure, Evan-
gelista (1986), El Halwagi (1992), Voros et al. (1997), and Zhu
et al. (1997) have developed design methodologies to opti-
mize RO network configuration and operating conditions.

The present study investigated the complete optimization
of an RO network, including the individual module structure,
the configuration of the module network, and the operating
conditions using constrained nonlinear optimization. Several
dual-stage RO network systems were optimized and results
pertaining to process economics were compared to identify
the optimal network structure. General implications for the
optimal design of RO modules and network systems are pre-
sented.
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Membrane Module Model

The solution diffusion model (Lonsdale et al., 1965) has
been shown to be adequate for predicting the local behavior
and performance of highly rejecting membranes such as RO
membranes (Podall, 1972; Sirkar and Rao, 1981). The flux
equations in this two-parameter model are coupled, that is,
the solute and solvent transport through membrane depend
on the wall concentration, which in turn is a function of sol-
vent and solute fluxes (Sherwood et al., 1965). This results in
an implicit flux equation (f(J, c,,) = 0), which requires an it-
erative solution procedure. For highly rejecting membranes
with negligible pressure loss in the membrane channel, Rao
and Sirkar (1978) simplified the solution diffusion model to
an explicit flux equation (J= f(c,)) for tubular modules.
Subsequently, using the same assumptions, Sirkar et al. (1982)
developed a model for spiral-wound modules and Evangelista
(1985) developed a model for hollow-fiber modules in the
turbulent flow regime. Evangelista (1986) generalized his
equations for membranes with different rejections and devel-
oped general design equations applicable for tubular, spiral-
wound, and hollow-fiber modules. These models ignore the
pressure losses (frictional pressure drop and pressure drop in
the module manifolds) inside the modules and are valid for
high-pressure systems involving low percentage recovery of
permeate per pass, which is common in seawater desalina-
tion.

In brackish water applications, where low-pressure opera-
tion and high percentage recovery is commonly practiced,
frictional pressure loss in the membrane channel cannot be
neglected. Wiley et al. (1985) derived flux equations that take
into account the frictional pressure drop. They developed a
model to determine the optimal module design for tubular,
plate and frame, and spiral-wound modules.

The present study used the flux equations from the study
of Wiley et al. (1985). However, unlike the previous model,
which divided the membrane module into several sections
connected in series, the current model treated the module as
a single entity and used averaged values of the feed side bulk
properties (including concentration, density, viscosity, and
diffusivity) to calculate the wall concentration.

Instead of using a linear function to describe the relation-
ship between concentration and osmotic pressure, as is com-
mon, the osmotic pressure was calculated from a nonlinear
correlation derived from seawater osmotic pressure data
(Stoughton and Lieztke, 1965). For concentrations in the
range from 0.0004 to 2 molal, the osmotic pressure is given by

m = 4,540.47¢°%7, D

This nonlinear function is more representative of the entire
concentration range encountered during the optimization
procedure.

The optimization also took into account the pressure losses
in the manifolds of the membrane modules. For tubular mod-
ules with tube-side flow, the pressure losses were treated as a
series of sudden expansions and contractions from the feed
pipe into the module shell and membrane tubes at both the
inlet and outlet. The equations describing pressure losses for
expansions and contractions, respectively, are (Geankoplis,
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1983):
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with « =1 (Re > 2,100) or « = 0.5 (Re < =2,100).

Module Configurations

Most module arrangements for RO networks can be cate-
gorized as straight-through, tapered, or cascade designs. The
straight-through and the tapered arrangements (Evangelista,
1985; Rautenbach and Albrecht, 1989) are multistage module
arrangements with several RO modules in parallel in each
stage. In the straight-through scheme, the number and size of
the modules are identical for every stage, whereas in the ta-
pered flow scheme, the number or the size of the modules
decreases over successive stages. Variations of these arrange-
ments include the addition of recycle streams between each
stage (Fan et al., 1968, 1969) and the addition of bypass
streams (Bansal and Wiley, 1973). These multistage arrange-
ments could involve retentate reprocessing to increase the to-
tal permeate flow (Fan et al., 1968, 1969, Bansal and Wiley,
1973) or permeate reprocessing to improve the permeate pu-
rity (McCutchan and Goel, 1974; Evangelista, 1989).

Cascade design of RO systems (Kimura et al., 1969;
Keurentjes et al., 1992) follows the principles for multistage
fractionation columns. In such applications, the process model
of a module is divided into two sections; one side of the pro-
cess model to purify the permeate and the other side to con-
centrate the retentate. To imitate reflux, there are recycle
streams for each stage.

The present study investigated the optimal module design
and operating conditions for one- and two-module systems.
All possible arrangements of two-module retentate repro-
cessing schemes, including bypass streams shown in Figures
1-5, were explored. Such retentate reprocessing with bypass
schemes is typical of the operation of seawater and brackish
water desalination plants. The series arrangement (Figure 1)
has been shown to encompass both straight-through and ta-
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Figure 1. Series configuration.
®: splitter; B: mixer.
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Figure 3. Series with feed and retentate bypass.

pered designs (Evangelista, 1986; El-Halwagi, 1992; Voros,
1997). The single module in each stage can represent several
smaller modules in parallel. When the module sizes in both
stages are identical, the design is straight through, but when
the size decreases, the design is tapered. The mathematical
model, which includes pressure losses in piping and fittings,
for the RO system was developed using the superset configu-
ration shown in Figure 6, which encompasses all of the other
arrangements in Figures 1-5.
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Figure 5. Series with feed bypass.

Optimization Procedure

The objective of the design was to maximize C,, the yearly
profit obtained from the sale of permeate produced by the
RO system. The components of the profit calculation are:

1. The income, C,, from the “sale” of the permeate based
on 350 days/year operation (8,400 h/year):

Cpr = 8,400 ¢, Qp. 4)

The permeate unit profit (c,,) should be adjusted to include
expenses associated with feed “purchase,” waste disposal, and
other operating expenses (such as operational labor costs) not
included in other terms in the objective function.

2. The energy (electricity) cost, C,, also based on 350
days/year operation:

C.=8,400 c,W. (5)

3. The annualized capital cost of the membrane module,
assuming straight-line depreciation, C,,, based on a 3-year
membrane life and the module area:

Cpn=0.33c,, A. (6)

The membrane unit cost (c,,) includes the costs of membrane
elements, housing, utilities (excluding electricity cost, which
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Figure 4. Series with retentate bypass.
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AIChE Journal



[»3] ~ 0
g [me} o =]

cost($/year)
Py
=]

8

20

0 10 20 30 40 50 60 70 80 9 100
% recovery

Figure 7. Cleaning and maintenance cost function.

is stated as a separate term), construction, and installation.
The effects of different unit lifetimes and costs can be esti-
mated by varying c,.

4. The module cleaning and maintenance cost, C,, based
on the module area:

C,=c,/A. (7

C, was made a function of the membrane area, since the
amount of chemicals and water used for cleaning, pretreat-
ment, and posttreatment; cleaning time; cost of spare parts;
labor and membranes are proportional to the size of the RO
system. The unit costs (c,) can be fixed or variable. For vari-
able costs, ¢, was defined as a function of permeate recovery
per module (c, = f(Q,/Qy)). Figure 7 shows the c, functions
studied. Line a represents a fixed cost, while lines b and c are
exponential functions to represent conditions where, due to
high permeate recovery, scaling and fouling become serious
problems and high chemical usage or more frequent cleaning
is required. The lines shown are indicative of costs encoun-
tered industrially, but can be adjusted for specific applica-
tions.

5. The capital costs of the pump, C,, based on the power
input and a 10-year pump life, assuming straight-line depreci-
ation:

W m
CP=O.1Cpp(@) . (8)

Then the profit to be maximized is:

Ct=Cpr_ce_Cm_Cr_CP' (9)
This objective function allows economic comparison of the
module design and arrangements. The effect of changes in
cost factors can be investigated by adjusting the unit costs for
various terms in the objective function.

The sale of permeate can either be to external or internal

customers (including local savings achieved via reduction of
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imported site water). In previous studies (Evangelista, 1989;
El Halwagi, 1992; and Voros et al., 1997), this term was not
included. Sale of either permeate or retentate could be in-
cluded in the cost function, depending on the purpose of the
RO system. Given that the flow rate of the permeate and
retentate are complementary, it was only necessary to for-
mally include one of them in the cost function in order to
investigate the behavior of the objective function. The inclu-
sion of the profit term also eliminated the need for hard con-
straints in the optimization.

The objective function depends on a large number of
guantities that are separated into variables, with respect to
which the function is maximized, and parameters, which are
regarded as constants during the optimization calculation. For
tubular modules, the variables are the module dimensions
(defined by the number of tubes, the tube length, and diame-
ter) and the inlet pressures. For a two-membrane system,
there are two sets of module dimensions and inlet pressures.
The ranges of the variables studied were:

P, and P,: 1.2-15 MPa, d; and d,: 1 um-2.54 cm,

land I,: 0.1 mm-25m, n, and n,: 1-1,000,000.

The ranges for module dimensions were chosen to include
values typical of tube-side flow tubular or hollow-fiber mod-
ules. The range of supply pressures covered typical operating
pressures required for brackish and seawater desalination.

All designs required at least one pump for the first mem-
brane module. The inlet pressure to the second membrane
module determined whether or not a second pump was re-
quired. If the calculated pressure for the feed stream enter-
ing the second module was higher than the pressure defined
by the optimization procedure, the pump was not used. Oth-
erwise the pump was used to increased the feed pressure.

The optimization parameters are the feed flow, concentra-
tion and pressure, membrane permeability and salt rejection,
unit costs for the membrane, electricity, and membrane
cleaning and maintenance, and the permeate sale price. The
values of parameters studied were:

Q;:1.39x 1073 ms, ¢, 10-200 $/m?,

Cc¢: 4,000 and 35,000 ppm TDS, c,: 5-10c/kWh,
P;: 98.1 kPa, Cpr: 0.5-18/m?,
A, 2.21x107°% m/(s-kPa),
R:99.5 %,

¢,: 30 $/m?-year (fixed cost;

forvariable costsee Figure 7).

The system model was coded in MATLAB and optimized
using the sequential quadratic programming method. The op-
timization was performed on an IBM pentium PC (200 MHz)
using MATLAB, and typically took 10-410 s CPU time per
run, depending on the initial values used for the optimized
variables.

Results and Discussion
Generalized findings

For both seawater, and brackish water feeds, Table 1 shows
that the optimal module design is many short, thin tubes.
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Table 1. Optimization Result for Seawater and Brackish Water Feed

Feed: Seawater; c,: a

Feed: Brackish Water; c,: a

Single Single
Arrangement Fig. 1 Fig. 5 Fig 3 Fig 4 Fig 2 Module Fig. 1 Fig. 5 Fig. 3 Fig. 4 Fig. 2 Module
Module 1
P; MPa 14.2 14.1 14.1 13.9 14.0 14.0 7.94 8.15 8.30 8.20 8.31 8.31
I'm 0.064 0.018 0.044 0.42 0.070 0.11 0.057 0.027 0.045 0.086 0.064 0.10
dcm 0.061 0.036 0.030 0.10 0.024 0.030 0.046 0.044 0.036 0.038 0.028 0.036
n 3.0x10° 108 108 10° 108 10° 108 10° 108 10° 108 108
Memb. area (m?) 37.8 20.6 41.9 99.3 52.2 104 82.1 36.9 50.6 104 56.3 113
Recovery (%) 54.8 57.8 79.0 80.9 81.6 81.6 82.9 78.7 92.1 92.1 93.7 93.7
Module 2
P, MPa 14.2 14.1 14.1 14.0 7.94 8.15 8.30 8.20 8.31
I'm 0.070 0.092 0.078 0.070 0.041 0.079 0.069 0.015 0.064
dcm 0.025 0.028 0.025 0.024 0.021 0.030 0.028 0.013 0.028
n 108 106 108 108 108 10° 108 10° 108
Memb. area (m?) 54.8 79.8 61.2 52.2 26.4 74.5 58.4 6.28 56.3
Recovery (%) 61.9 75.3 76.2 81.6 75.6 91.0 92.0 51.7 93.7

Total profit ($/y) 1.68x 10 1.64x10* 1.58x10* 1.59x 10* 1.59x 10 1.59x 10* 2.73x10* 2.64x 10* 2.59x 10* 2.63x 10* 2.59x 10* 2.59x 10*

Total recovery (%) 82.8 82.4 81.6 80.9 81.6

81.6 95.8 94.6 93.9 94.5 93.7 93.7

Note: co: 0.05 $/kWh; c,p: 1 $/m?; ¢ 50 $/m?,

Usually, the optimum number of tubes is the maximum al-
lowable value. A large number of tubes means that the
cross-flow velocity in each tube is as small as possible, which
helps reduce the frictional pressure drop. This agrees with
results reported by Wiley et al. (1985), that the optimum de-
sign of a single module is achieved by keeping the crossflow
low. The frictional pressure drop is further lowered with short
tube length and large diameter. However, large diameter re-
duces the solute mass-transfer coefficient, which in turn in-
creases the solute wall concentration and the osmotic pres-
sure. The balance between these effects produces a module
with short, thin tubes, which was also reported in the previ-
ous study (Wiley et al., 1985). While not typical of industrial
practice, the number and diameter of tubes is suggestive of a
tube-side flow hollow-fiber system, although the optimum
length is generally shorter.

On average, Table 1 shows that the permeate recovery for
brackish water feed is higher than for seawater feed. This is
not unexpected, since solutions of lower salt concentration
have lower osmotic pressure. Therefore for the same supply
pressure, the brackish water system has a higher effective
transmembrane pressure than the seawater system.

The inclusion of permeate profit in the objective function
drives the optimal design in a direction that produces a large
volume of permeate to offset capital and operational costs.
High permeate volume can be achieved by applying high
transmembrane pressure and/or increasing the membrane
area. Energy and membrane costs balance increases in supply
pressure and membrane area. The optimum operating points
for both feeds is at very high supply pressure, leading to high
permeate production. For all cases considered, including ones
not shown in the tables, the optimum supply pressure for sea-
water feed is in the range 9-15 MPa, while for brackish wa-
ter feed the range is 4.5-8.5 MPa. The optimum membrane
area for both feed concentrations is within the range for typi-
cal commercial hollow-fiber or spiral-wound modules (20-150
m2/module).

Such high permeate recovery produced using high supply
pressure was also reported in the optimization study by Voros
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et al. (1997), who used a different system model and objective
function to optimize the design of RO desalination plants.
However, they arrived at an optimum design that maximized
the permeate production by maximizing the supply pressure
and minimizing the membrane area. In their study, the sup-
ply pressure was limited to typical membrane manufacturer’s
specifications that arise from the maximum pressure the
membrane can withstand and the cost of pressure vessels. The
optimum operating pressure obtained was at the upper pres-
sure limit. In the work presented here the upper limit for the
supply pressure was increased and it is found that mathemat-
ically, the optimum operating pressure is higher than that
used in current practice, typically in the range 1.4-4.2 MPa
for brackish water, and 5—-8.5 MPa for seawater desalination.

Effect of unit costs

All results in Table 1 show that optimum designs produce
a large volume of permeate. Although it is economically de-
sirable, current RO systems normally operate at lower per-
meate recovery, since high recovery requires more intensive
membrane cleaning and maintenance procedures and more
extensive feed pretreatment, which means increased capital
and operating costs. To study these effects, the cleaning and
maintenance unit cost was made a function of the membrane
module’s permeate recovery. The shape of the cleaning and
maintenance cost functions (c,) shown in Figure 7 effectively
change permeate recovery. For example, from Table 2, when
c, takes the form of line a, the recovery per module is 55-82%
for seawater feed and 52-94% for brackish water. However,
if ¢, takes the form of line b, the recovery is 60-66% for
brackish water, and if ¢, has the form of line c for seawater,
the recovery is 37-38%. These changes in recoveries, how-
ever, do not change the trend of the optimum module design,
that is, short, thin tubes resembling a tube-side feed hollow-
fiber system.

Higher permeate unit profit and/or lower electricity unit
cost result in a design where more feed is recovered as per-
meate. When the optimum permeate recovery decreases due
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Table 2. Effect of Cleaning and Maintenance Cost Function on % Recovery

Arrangement Fig. 1 Fig. 5 Fig. 3 Fig. 4 Fig 2
Module 1 2 1 2 1 2 1 2 1&2
Seawater, ¢, function: a
Qs (m¥%5) 14x107% 64x107% 69x107* 1.0x107® 6.9x107* 7.8x107% 14x107® 18x107* 6.9x107*
¢; (mol/kg) 0.60 13 0.60 0.84 0.60 0.81 0.60 2.23 0.60
Module recovery 55 % 62 % 58 % 75 % 79 % 76 % 81 % 0% 82 %
Total recovery 83% 82% 82% 81% 82%
Profit ($/yr) 1.68x10* 1.64x 10* 1.58x10* 1.59 x 10* 1.59 x 10*
Seawater, ¢, function: ¢
Qs (m¥%) 14x107% 86x107* 69x107* 11x107% 69%x10"% 9.2x107% 14x107° 44x107* 69x107¢
¢c; (mol/kg) 0.60 0.96 0.60 0.73 0.60 0.68 0.60 0.97 0.60
Module recovery 38 % 38 % 37 % 38 % 38 % 38 % 38 % 36 % 38 %
Total recovery 61 % 50 % 44 % 49 % 38%
Profit ($/yr) 1.09x 10* 7.43%10° 5.71x10° 7.28x10° 4.11x10°
Brackish water, ¢, function: a
Qs (m¥%5) 14x1073% 25x107* 69x10°* 83x107% 6.9x1074 72x107% 14x107%® 56x10°° 6.9x10°*
¢c; (mol/kg) 0.068 0.40 0.068 0.11 0.068 0.10 0.068 0.86 0.068
Module recovery 83 % 76 % 79 % 91 % 92 % 92 % 92 % 52 % 94 %
Total recovery 96 % 95 % 94 % 94 % 94 %
Profit ($/yr) 2.73x10* 2.64x10% 2.59x 10* 2.63x10* 2.59x 104
Brackish water, ¢, function: b
Q; (m¥%) 14x107% 56x10°* 69x10°* 9.7x10~* 6.9x10°* 83x107% 14x107% 25x107* 6.9x10°*
c; (mol/kg) 0.068 0.17 0.068 0.10 0.068 0.09 0.068 0.19 0.068
Module recovery 60 % 65 % 60 % 66 % 63 % 65 % 64 % 64 % 66 %
Total recovery 86 % 76 % 70 % 75 % 66 %
Profit ($/yr) 2.34x10* 1.95%x 10* 1.74x 10* 1.93x10* 1.55% 10*

Note: c,: 0.05 $/kWh; ¢,p: 1 $/m?; ¢ 50 $/m2,

to increased capital or operating costs, either supply pressure
or membrane area decreases (Table 3). Most often the supply
pressure is maintained at a relatively high value, while the
membrane area is decreased. This shows that maintaining a
high supply pressure is less costly than, and preferable to,
increasing membrane area in maintaining high permeate pro-
duction.

Table 3 also shows that the total profit is very sensitive to
permeate unit price, with a 25% decrease in permeate price
resulting in a 53% decrease in profit. Between capital and
operating costs, the total profit is more sensitive to changes
in electricity unit cost (operating cost) than membrane unit
price (capital cost). When the electricity unit price is doubled
(0.05 to 0.1 $/kWh), the total profit decreases 65%, while a
ten times increase in membrane unit price (10 to 100 $/m?)
results in only a 22% decrease in profit. From the cost break-
down in Figure 8, it is clear that electricity is the biggest cost
component, followed by membrane costs and pump costs. The
data in Figure 8 are typical of results at all conditions. Elec-
tricity cost dominates because of the high pressure of the op-
timal designs.

For the optimization of the RO system profit, the objective
function has two optima. One optimum is the design that
produces a lot of permeate, and the other optimum is the
design that produces no permeate. Normally, the design that
produces permeate is the global optimum. With increasing
unit costs and decreasing permeate price, the total profit of
the system declines. Figure 9 shows that the effect of increas-
ing membrane unit price is to reduce the total profit until a
point is reached where the sale of permeate is not enough to
offset the capital and operating costs. At this point the global
optimum is the design that does not produce any permeate,
and such a separation process would be carried out at an
overall cost to a business. If the feed solution was an effluent,
it would be cheaper to pay the waste disposal cost under these
conditions than to build and operate a membrane plant to
treat the waste.

Effect of module configuration

For both feed concentrations and all unit costs, the series
arrangement (Figure 1) has the largest permeate profit. The

Table 3. Sensitivity Analysis for Electricity, Membrane, and Permeate Unit Prices

Electricity price ($/kWh) 0.1 0.05 0.05 0.05 0.05 0.5
Permeate price ($/m?) 1.0 0.50 0.75 1.0 1.0 1.0
Memb. price ($/m?) 50 50 50 50 10 100

P; (MPa) 9.92 10.9 12.7 14.0 13.2 147
Pettective (MP2) 3.54 4.91 5.15 5.27 4.47 6.13
Total memb. area (m?) 139 97.6 102 104 124 89.6
Total recovery (%) 73.0 71.0 78.1 81.6 81.8 81.4
Profit ($/y) 5.52x10° —345 7.53%x10° 1.59 x 10* 1.74x10* 1.43x10*

Note: Feed: seawater, arrangement: parallel (Figure 2); ¢, cost function: a
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Feed: seawater, c,: 0.05 $/kWh; ¢, 1 $/m?, ¢, 50 $/m?, ¢,
cost function: a.

series with the feed bypass arrangement (Figure 5) has the
second largest profit. Table 4 shows that the optimum design
for two parallel modules and a single module are essentially
the same for both feeds. The total membrane area and mod-
ule inlet pressure are identical. The difference in the total
profit arises because the parallel arrangement has more pip-
ing and fittings in the system, causing more pressure loss,
than in a single module. Theoretically, it is therefore more
profitable to have one big module instead of several smaller
ones in parallel. In practice, however, parallel arrangements
cannot be avoided, since there is a technical and engineering
limit to the construction of large membrane modules.

In optimum two stage arrangements, the use of a second
pump is usually avoided. The design is such that the pressure
losses in the first module and the fittings are negligible com-
pared to the supply pressure. In some brackish water cases,
the second pump is introduced when the second module op-
erating pressure is higher than 9 MPa. In this case, the capi-
tal cost of the second pump is offset by the additional amount
of permeate produced from the second module at enhanced
pressure.

The difference in the total permeate recovery between all
arrangements for fixed feed concentration and unit prices is
small (such as Table 1). When the permeate recovery per
module is limited by the cleaning and maintenance cost (that
is, taking the form of lines b and c in Figure 7), the variation
in total recovery between arrangements is wider (such as
Table 2).

+

80% —pont 20000

70%

60% 1 e 15000 =
s aom \ c
g 0% \ \ 5000 §

20% \ g

10% o

0% — \

-10% $ 15000

membrane unit price ($nf)

Figure 9. Permeate recovery as a function of membrane
unit price.

Feed: seawater, arrangement: Parallel (Figure 2). c.: 0.05 $/
kWh; ¢, 1 $/m?, ¢, cost function: a.

For constant cleaning and maintenance costs and seawater
feed, the optimum two-stage arrangement with retentate by-
pass only (Figure 4) has the same profit as the optimum sin-
gle-module arrangement. In the series arrangement, perme-
ate recovery is balanced between the first and second mod-
ules. The addition of a retentate bypass stream increases pre-
meate recovery in the first module, and the second module
becomes so small that the design of the two-stage retentate
bypass arrangement emulates the design of a single module.
The two-stage arrangement with both feed and retentate by-
pass streams (Figure 3) is the least profitable and has a smaller
total permeate recovery than the single-stage arrangement.
In this two-stage arrangement, even though the recovery in
the first module increases above that for the series arrange-
ment, the second module is still required because the reten-
tate is diluted with the feed bypass stream.

For brackish water feed, both two-stage arrangements with
retentate bypass streams (Figures 3 and 4) produce greater
profit than single-stage arrangements. The retentate concen-
tration for the first module in both these two-stage arrange-
ments is relatively low and the second module can still pro-
duce permeate, although for the arrangement with retentate
bypass only (Figure 4) the permeate flow is small.

For both feeds when the permeate recovery per module is
limited by variable cleaning and maintenance costs, the re-

Table 4. Comparison between a Single Module and Two Parallel Modules Designs

Feed Seawater Brackish Water
Two Parallel One Two Parallel One
Arrangement Modules Module Modules Module
P MPa 14.0 14.0 8.31 8.31
Petrective  MPa 5.27 5.27 5.62 5.62
brine MPa 14.0 14.0 8.31 8.31
m 0.0704 0.110 0.064 0.100
d cm 0.0236 0.0301 0.028 0.036
n 108 108 108 108
Total memb. area (m?) 104 104 113 113
c,, (mol/kg) 1.92 1.92 0.58 0.58
Total recovery 81.6% 81.6% 93.7% 93.7%
Total profit ($/yr) 1.59x 10* 1.59x 10* 2.59x 10* 2.59x 10*
Ce: 0.05 $/kWh; ¢, 1 $/m3; ¢y 50 $/m?,
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covery in the first module in all arrangements is almost the
same, and consequently the retentate concentration leaving
the first module is almost identical. In this case, feed concen-
tration does not affect the optimum design, but the total vol-
ume of feed processed by the two modules (that is, Q; + Q,,
in Figure 6) does. Generally, the optimum design is greatly
affected by the amount of permeate produced. The most
profitable system is the one that produces the most perme-
ate. If the total value of (Q; + Q,,) is high, more permeate is
produced and the permeate profit is greater. Two-stage ar-
rangements, with or without bypass streams, always had
higher (Q;+ Q;,) than a single-stage arrangement. Bypass
streams in two-stage processing lessens permeate production
and reduces profitability. However, high permeate produc-
tion in two-stage systems results in higher permeate solute
concentration than it does in single-stage systems. If the final
permeate concentration is above a required concentration,
bypass streams are useful in keeping the permeate concentra-
tion below the limit while maintaining high permeate produc-
tion.

Nature of the objective function

Some case studies show that when the optimization is car-
ried out using different initial guesses, the objective function
converges to several local maxima. In the optimization of the
series and series with retentate bypass arrangements (Figures
1 and 4), a single module design is observed as a local maxi-
mum. In the optimization of the series arrangement, the sin-
gle module design never becomes the global maximum, but in
the optimization of series with a retentate bypass arrange-
ment, the single module and two-module designs compete to
be the global maximum. With seawater feed, the single-mod-
ule design is the global maximum, while with brackish water
feed the two-module design is the global maximum.

The single-module design maximum is not observed in the
optimization of series arrangements with feed bypass stream
(Figures 3 and 5). This is because it is impossible to obtain an
optimum design that emulates other arrangements with fixed

0.12

nt N(m)

Figure 10. Objective function plotted against n; and ;.

Series arrangements, feed: brackish water, c,: 0.05 $/kWh;
Cm: 35 $/m?; ¢, 1 $/m3; ¢, cost function: a.

AIChE Journal

split ratios in splitters H and I (Figure 6). When the split
ratios are optimized along with the other parameters, the op-
timum design is the series arrangement (Figure 1). This con-
firms that the series arrangement is the most profitable ar-
rangement.

The plot of the objective function (C,) against the module’s
length (1) and number of tubes (n) (Figure 10) shows that the
function is relatively flat along the n-axis. Other plots of the
function C, against diameter and number of tubes (not shown
here) are also flat along the n-axis, and the plot against length
and diameter is flatter along the length axis. The optimum
module design is therefore, relatively insensitive to changes
in number of tubes and more sensitive to changes in tube
length or diameter. This is because with short and small tubes,
the pressure drop in the membrane module is minimal, and a
relatively small change in the number of tubes or tube length
is negligible in a high-pressure system. This is reflected in the
optimization results for parallel and single-module designs
(Table 4) where both designs have different module dimen-
sions but similar membrane area, transmembrane pressure,
and wall concentration.

Conclusion

The optimum module design for desalination applications
has many small, short channels and operates at high perme-
ate recovery with high operating pressure and low cross-flow
velocity. For the same membrane area, it is preferable to have
a lot of short channels in parallel rather than long channels
in series. Such a design minimizes concentration polarization
and frictional pressure drop inside each module.

The optimization of RO networks is affected by feed con-
centration and permeate recovery per module. Optimal net-
works are more profitable because they produce more per-
meate than nonoptimal networks. Staged retentate reprocess-
ing produces more permeate than single-stage arrangements,
while bypass streams reduce permeate recovery. Of the net-
works considered, the series arrangement is the most eco-
nomical.

Increasing operating pressure achieves greater profitability
than increasing membrane area. Thus, reduction in operating
costs is more important than reduction in capital costs in in-
creasing profitability, and electricity costs are the dominant
cost factor.

While design and operation of membrane systems have im-
proved significantly since the development of the first appli-
cations, optimization theory can still offer insights that can
further improve the systems. Current commercial module de-
signs that approach the optimum module dimensions are spi-
ral wound and tube-side feed hollow-fiber modules, although
the length of the channel in these modules, could be further
refined subject to technical and manufacturing constraints.
Similarly, significant economic improvements might be
achievable for RO processes if it is possible to reengineer
RO modules and networks to operate at higher pressures than
in current practice.

Notation

A =membrane area, m?
A, =membrane permeability, m/s-kPa)
A, =smaller pipe cross-sectional area, m?
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A, =larger pipe cross-sectional area, m?

c; =feed concentration, mol/kg
c,, =wall concentration, mol/kg
Cpp =PUMP cost, $

d =diameter, m

J =flux, m/s

m = exponent in pump cost equation

P =pressure, kPa

Q =flow rate, m%/s

R =membrane rejection

v = velocity, m/s

W =work, kW
p =density, kg/m?®
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